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ABSTRACT 
A dynamic model consisting of mixed ordinary and partial 
differential equations was developed for the RMProcess for 
methanation of coal syngas. The bulk methanation process con-
sists of six fixed-bed, adiabatic, catalytic reactors connected 
in series with interstage waste-heat boilers and feedwater 
preheaters to remove the heat of reaction. 
The reactors were simulated using a one-dimensional pseudo-
homogeneous model with one partial differential equation (PDE) 
for the energy balance and two ordinary differential equations 
(ODEs) at quasi-steady-state for the material balance of the 
simultaneous methanation and shift reactions. Fourth-order 
lumped-parameter models were used to simulate the interstage 
heat exchangers. Controls were added to the heat exchanger 
models to regulate the temperature of the gas feed into the 
reactors by diverting some gas around the interstage heat ex-
changers. Computer integration of the mixed ODE/PDE model was 
accomplished using the numerical method of lines. 
Transient temperature profiles calculated by the dynamic 
model are presented for a perturbation in overall g~s feed rate 
to the unit, a proposed startup method, and a short interruption 
of the· crucial steam feed to the first reactor. 
The effect of several modeling parameters such as number 
of ·reactor spatial grid points, choice of spatial derivative 
algorithm, and choice of temporal integrator on the numerical 
efficiency and stability of the model is shown. It was also 
1 
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found that controller selection and tuning, although generally 
not a goal in large-scale simulations, was quite important. 
· Conventional methods used to tune controllers gave controller 
settings that significantly altered the model's Jacobian 
matrix, causing a detrimental effect on the numerical integra-
tor's stability and efficiency. 
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1. INTRODUCTION 
As the United States becomes increasingly dependent on 
imported oil for energy, research into other energy sources 
has increased. One area that has received much attention is 
coal gasification to form synthetic natural gas (SNG) to 
supplement our dwindling natural gas reserves. Many coal 
gasification processes have been proposed and explored at the 
pilot plant level, and engineering of demonstration plants is 
now proceeding. Computer simulation of steady-state material 
and energy balance calculations and economic evaluations, long 
recognized as a useful tool in improving the performance of 
petroleum refineries and chemical plants, is being used to 
optimize potential coal gasification plants. 
Another important tool in evaluating and understanding the 
performance of potential coal gasification plants is dynamic 
simulation. It is important for several reasons: 
(1) All plants operate in a dynamic or transient environ-
ment simply because continual steady-state operation cannot be 
achieved in practice. For example, variations in composition 
of coal feedstocks or unexpected disturbances such as equip-
ment failure will cause dynamic disturbances to the plant. 
(2) The startup and shutdown of a plant is, by definition, 
an unsteady-state operation which must be understood as well 
as possible in advance for safe operation. 
(3) Automated control systems, designed to prevent large 
excursions from a desired steady-state operating condition, 
3 
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are an integral part of any plant. The effectiveness of any 
proposed control system can only be evaluated using dynamic 
si~ulation. 
Reports of successful dynamic simulations of chemical 
processes and the resultant benefits achieved from such studies 
have increased in recent years. Novel and conventional control 
schemes for binary and multicomponent distillation columns 
have been studied using dynamic simulations (1,2). Dynamic 
modeling of a new quadruple effect evaporator for concentrating 
caustic revealed serious deficiencies in the proposed initial 
startup method. Using the dynamic model, a new method was 
devised which was implemented quite successfully in the initial 
startup of the plant (3). Dynamic simulation of a batch 
polyvinyl chloride process suggested improvements in the 
process-control scheme and in operating procedures that resulted 
in a five to seven percent increase in productivity (4). 
Dynamic simulations of the major processes in a coal 
gasification plant could test proposed control schemes, 
establish startup and shutdown procedures, and determine the 
effect of operating disturbances on the stability of the 
processes. Such studies, if done during the design stage of 
large plants, could facilitate quicker initial startup of the 
plant and help eliminate costly post-construction design 
modifications often necessary to improve process control and 
stability. Thus, dynamic analysis of proposed coal gasifica-
tion plants is considered to be an important complement to 
steady-state material and energy balance calculations and 
4 
economic evaluation. 
To perform this analysis, a flexible, general-purpose 
dynamic system simulator and the specific coding necessary to 
model the dynamic response of a prototypical coal gasification 
plant were developed. The dynamic bulk methanation model 
described here was part of this overall effort (5). 
5 
2. DESCRIPTION OF BULK METHANATION PROCESS 
The RMProcess, developed by The Ralph M. Parsons Company, 
Inc., was selected as the flow sheet for the simulation of the 
bulk methanation section of the plant. A detailed description 
of the process is given in an American Chemical Society 
monograph (6). A brief description is given below. 
The RMProcess is a second-generation methanation process 
that has been considered for use in a demonstration plant for 
pipeline quality gas. A process schematic is shown in 
Figure 1. The RMProcess is designed to convert an approximate 
50 mole% CO, 50 mole% H2 syngas feed stream into pipeline 
quality synthetic natural gas using a series of six adiabatic, 
fixed-bed, catalytic reactors at progressively lower tempera-
tures. The dry syngas feed is split between the first three 
reactors in a 40:30:30 ratio. Steam is mixed with the dry 
syngas feed to the first reactor at a steam/syngas molar ratio 
of 6 to 5. Both the methanation reaction and the water-gas 
shift reaction occur simultaneously over the same catalyst. 
Methanation 
Shift -+ 
The heat released by the exothermic reactions is recovered 
by using interstage heat exchangers. Little information about 
the design of the heat exchanger system is given in the ACS 
monograph; therefore, a heat-exchanger system process design 
suggested by Foust (7) was used. The heat exchangers following 
6 
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the last two reactors are connected in series and preheat 
1500 psig water to near its saturation temperature. The heat 
exchange~s following the first four reactors are waste-heat 
boilers operating in parallel to produce 1500 psig steam. 
The exiting process gas from the last heat exchanger is 
sent to a co2 absorber to remove the co2 generated by the 
shift reaction. After co2 removal, the gas is compressed, 
sent to a polishing methanator to convert any last traces of 
CO, and dried using a glycol dryer. The product is SNG with a 
heating value greater than 900 BTU/SCF. 
The RMProcess has several advantages over first-generation 
methanation processes: 
(1) No separate shift conversion is needed to change the 
syngas H2/co molar ratio to greater than three before the bulk 
methanation process. Instead, the shift conversion reaction 
predominates in the first three reactors due to the high 
temperatures and large steam flow rates. 
(2) No gas recycle is needed, thereby reducing the size 
of the reactors and eliminating gas recycle compressors. The 
large steam flow rate partially suppresses the methanation 
reaction and allows adiabatic operation without excessive 
temperature rises. 
(3) The RMProcess operates at higher temperatures than 
other methanation processes. This high temperature operation 
is possible without carbon deposition on the catalyst because 
of the high steam concentration. The higher reactor-exit-gas 
temperatures allow high-pressure steam to be produced; a 
8 f ( 
portion of this high-pressure steam (25%) is used in the 
methanation process while the remaining steam is available 
for other uses in the plant. 
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3. REACTOR MODEL 
3.1. Development of Differential Equations 
A methanation reactor was modeled as a one-dimensional, 
adiabatic, fixed-bed, near-plug-flow reactor in which the 
methanation and shift reactions occur simultaneously. Each 
chemical reaction and the energy balance yield one differential 
equation. This type of model is also classified as one-
dimensional pseudohomogeneous because it does not consider 
radial temperature gradients, heat or mass transfer between the 
gas and catalyst, or intraparticle temperature gradients in the 
catalyst. As with any model, this one is a compromise between 
an elegant model with its many unknown constants and excessive 
computational requirements and an overly simplified model that 
gives unrealistic results. 
The pseudohomogeneous model has been used in other dynamic 
fixed-bed reactor studies. Van Doesburg and De Jong (8,9) 
studied the transient behavior of an adiabatic, fixed-bed 
methanator for simultaneous hydrogenation of low concentrations 
of CO and co2 at inlet temperatures of 463-523 K. Experimental 
data were compared to results generated using a theoretical 
model. They showed that a pseudohomogeneous dynamic model 
accurately described the transient behavior of the reactor for 
several types of operating disturbances. Vortmeyer and 
Jahnel (10) concluded that a pseudohomogeneous model gives 
satisfactory results for some fast exothermic reactions. Sharma 
and Hughes (11) reached the same conclusion during a study of 
10 
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the oxidation of carbon monoxide in an adiabatic, fixed-bed 
reactor. Thus, the pseudohomogeneous model is probably a good 
compromise for a methanation reactor model with simultaneous -
methanation and water-gas shift reactions. 
The methanation reactor was originally modeled as a plug-
flow reactor. For an elemental volume of reactor, each chemical 
reaction and the energy balance yield one partial differential 
equation. 
The energy PDE is 
".\ F . aT _ C0,1n 
[:;1 J [ ~LX2] _ F TOT 
- bHRx,S a F O. C ,in 
Ey.Cp. 
1 1 
at - A 
The methanation-reaction PDE is 
-Fco,in axl 
axl - A ar:- + (-rCO,M) at - ---P-_.__S_+__.2,.....M ___ _.___ 
E RT 2 (S-2X1, 
The shift-reaction PDE is 
-F [ax2 J p (CD+X2) [::1 J CO,in (-rco,s) - 2E 
ax2 
A aL + RT (S-2X1)
2 
-- = p 1 at 
E RT S-2X1 
In the energy PDE (Equation 1), the first two terms 
inside the brackets of the numerator of the right~hand side 
represent the heat of reaction for methanation and shift, 
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respectively, and the third term represents the convective 
contribution by the flowing gas. The denominator represents 
the thermal mass of the gas and catalyst contained in the 
elemental volume. The catalyst term is dominant. 
In line with the assumptions inherent in a pseudohomogeneous 
model, the temperature of the gas and the catalyst at the same 
position in the reactor were considered to be equal; thus, gas-
solid heat transfer was not considered in the model. 
All of the gas-phase thermodynamic terms are considered to 
be functions of temperature. Ideal gas thermodynamics were 
assumed. This assumption is valid in the range of temperatures 
(500 - 1000 K) and pressures (312 - 397 psia) encountered in the 
reactors and in light of the other assumptions made in the 
model. 
The reaction PDEs (Equations 2 and 3) were similarly 
developed by considering the material balance around an elemental 
volume of the reactor. The development of Equations 1-3 is 
given in Appendix A. A list of variable names for all models 
is given in the Nomenclature. 
The numerical-method-of-lines solution technique (12), used 
with DSS/2 to solve PDEs by converting each PDE to a set of 
ODEs, was applied to Equations 1-3. Preliminary calculations 
indicated that the response time for the component concentrations 
is about 8000 times faster than the temperature response time. 
This difference is due mainly to the large thermal mass of the 
catalyst in a given volume relative to the mass of gas that 
would be changed in compositio~ in the same volume. The result 
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of this order-of-magnitude difference in the time constants of 
the PDEs was a set of ODEs that was quite stiff. 
Two fundamental changes to the reactor model were made to. 
ease numerical-integration stability problems. First, some 
axial dispersion of energy was added to the energy PDE, removing 
the assumption of a plug-flow reactor. The new energy PDE, 
where the axial dispersion of energy is represented by the 
addition of a second-order spatial partial differential term on 
the right-hand side of the PDE, is 
The coefficient ADISS is constant with a numerical value based 
on the expectation that the Peclet number is approximately two 
in a packed bed with turbulent gas flow (13). (See Appendix B 
for calculation of ADISS.) A more complete description of ADISS 
would consider it to be a function of the decrease in the 
number of moles due to reaction and of the temperature change 
in the reactor (14). However, the assumption of a constant 
value is reasonable because the value of the ADISS term is 
small compared to the first term in Equation 4. In fact, the 
addition of the dispersion term has no significant impact on the 
temperature profiles calculated by the dynamic methanator model . 
for a given perturbation if a stable set of integrator parameters 
13 
'l 
-~ 
/, 
;j 
'/ 
., 
·.' 
' i 
(temporal integration method, error tolerance, spatial deriva-
tive algorithm, etc.) is chosen. (See Table 1.) The addition 
of the axial.dispersion, however, does have the effect of 
smoothing instabilities caused by a poor selection of integrator 
parameters. Thus, axial dispersion of energy can be justified 
for both physical and numerical reasons. 
Rigorous application of the dispersion term would require 
a Wilhelm (15)- Danckwerts (16) boundary condition for the 
reactor. However, variation of ADISS between its value based 
on a Peclet number of two and a zero value (plug flow) showed 
no significant change in the computed temperature profiles. 
Thus, the simple boundary condition compatible with plug flow 
was used. 
The second fundamental change to the reactor model was the 
reduction of the reaction PDEs to spatial ODEs using the quasi-
steady-state assumption. As noted previously, the response 
time of the component concentrations was several orders of 
magnitude faster than the temperature response time. At any 
moment in time, it can be assumed that the component concen-
trations will be at steady-state. Thus, the temporal deriva-
tive terms ax1/at and ax2/at in Equations 2 and 3 were set 
equal to zero. After some algebraic manipulations, each 
chemical reaction PDE yields one spatial ODE. 
Methanation 
axl - A(-rco,M> 
dL - F CO,in 
14 
(5) 
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Table 1. Effect of Axial Dispersion Term on Numerical 
Results of Bulk Methanation Reactors 
Reactor Exit Temperatures (K) 
With Axial Without Axial 
Dispersion Dispersion 
(ADISS=l.02) (.ADISS=O. 0) 
Reactor 1 
Time=0.05 hr 1025.72 
Time=0.10 hr 982.52 
Time=0.25 hr 969.39 
(steady-state) 
Integrator Parameters 
2 6 1 2 6 
1015.24 661.05 1025.72 1015.24 661.05 
1016.15 643.14 982.52 1016.16 643.14 
1016.19 643.29 969.40 1016.19 643.30 
Temporal Integrator - 4th order explicit 
Runge-Kut ta 
(option 8, DSS/2) 
Maximum Integration - 0.005 (relative error) 
Error per Step Size 
Spatial Derivative - 3-pt. upwind (DSS014) 
Algorithm 
15 
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Shift 
dX2 A(-rco s) 
-- = , 
dL Fco. 
,in 
(6) 
The component concentrations still change with time in the 
reactor because they are coupled to the time-varying temperature 
profile. At any given time, a temperature profile exists in the 
reactor. For this profile, the two fractional-conversion ODEs 
are spatially integrated from reactor inlet to reactor outlet, 
giving component concentration profiles in the reactor. 
Temporal integration advances the temperature profile, and the 
next spatial integration of the fractional-conversion ODEs is 
made with the new profile. 
The use of the quasi-steady-state assumption has two 
advantages. 
(1) The number of PDEs that need to be discretized 
spatially to sets of ODES is reduced from three to one. Thus, 
the nwnber of ODEs in the final reactor model is reduced by 
two-thirds compared to the original reactor model for the same 
number of spatial grid points. 
(2) The resulting reduced set of ODEs is not stiff, 
allowing the use of faster explicit algorithms for numerical 
integration. 
A methanation reactor was thus modeled as a one-dimen-
sional, adiabatic, catalytic, ·fixed-bed reactor with some axial 
dispersion of energy using Equations 4-6. Both the methanation 
and shift reactions occur simultaneously over the same catalyst. 
The methanation reactor model is a compromise between an elegant 
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model (i.e., radial temperature gradients, consideration of mass 
transfer between the gas and the catalyst, etc.) and a simpli-
fied lumped-parameter model. 
3.2. Reaction Rate Equations 
A crucial part of any reactor model is good information 
for the rates of reaction needed for Equations 5 and 6. An 
early problem with the dynamic methanation simulations was that 
rates of reaction were not available for the proprietary 
catalyst used in the RMProcess, and the operating information 
given (6) is rather near to thermodynamic equilibrium. Thus, 
new rate equations were developed in two steps. First, the 
literature was consulted for rate equations developed from ex-
perimental data under feed conditions similar to those in the 
RMProcess methanators. Then, the parameters of the rate equa-
tions were adjusted to obtain a fit of the reactor outlet 
compositions as reported for the steady-state RMProcess. 
The rate equation for the methanation reaction was 
developed using an expression proposed by Vatcha (17). After 
conversion to more suitable units and adjustment of the para-
meters, the rate of reaction adopted for methanation was 
o.002503 exp [29: 0 ·] Pco PH
2
1/ 2 (1-a) 
1 + 0.1 PH + 0.05 PCH 
2 4 
The rate equation for the shift reaction was developed 
from integrated rate expressions for Girdler shift-reaction 
catalysts (18). The Girdler integrated rate expression was 
17 
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differentiated, and its parameters were adjusted to obtain the 
following rate of reaction equation for the shift reaction: 
[-36TOO ·] 10,250 exp 
(8) 
For the bulk-methanation model simulations, neither rate 
was allowed to go negative (i.e., right-to-left reaction); 
negative rates were set equal to zero. The coding is modular 
in nature, allowing one to replace the reaction rate equations 
with other rate equations quite easily. 
3.3. Optimization of Reactor Model 
Considerable work was done to optimize the model of a 
single reactor in terms of computational efficiency and 
stability. The single first-order PDE describing the dynamic 
behavior of the reactor temperature distribution was discretized 
into a set of first-order ODEs using the numerical method of 
lines. The number of spatial grid points in a reactor is an 
important variable to be optimized. Fewer grid points reduces 
the number of ODEs to be integrated, reducing computation time. 
However, below a certain threshold, a further reduction in the 
number of grid points has a detrimental impact on the numerical 
solution. In Table 2, the fractional conversion of CO by the 
methanation reaction at the reactor exit is shown for various 
number of grid points and output times (19). Initially, the 
reactor length was divided into 51 spatial grid points. 
Reducing the number of grid points from 51 to 21 had little 
18 
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Table 2. Effect of the Number of Spatial Grid Points 
in a Methanation Reactor 
Exit Fractional Conversion of CO by the Methanation Reaction 
Number of 
Grid Points O. 07 hr 
26 0.0719 
21 0.0714 
16 0.0720 
11 0.0668 
0.08 hr 
0.0719 
0.0713 
0.0723 
0.0607 
19 
0.09 hr 
0.0719 
0.0716 
0.0724 
0.0666 
0.10 hr 
0.0718 
0.0713 
0.0741 
0.0637 
,, . 
. ·r 
f' 
(, 
effect on the numerical solution. Results with 16 spatial grid 
points were marginal; some oscillations in the temperature 
profile of the reactor appeared. When the number of grid points 
was reduced to 11, oscillations in the temperature profile 
increased and a significant change in the numerical results 
occurred. Thus, 21 spatial grid points were used for each bulk 
methanation reactor model. 
Another parameter that was optimized was the choice of 
algorithm used to calculate the spatial derivatives aT/aL and 
a2T/at2 at each grid point. The choice of spatial derivative 
algorithm has an effect on integration stability, execution 
time of the model, and the numerical results. A series of 
tests was made using a dynamic six-reactor methanation model 
(126 ODEs) to determine the best spatial derivative algorithm 
for use in dynamic reactor models. In each test, a perturbed 
operating condition was introduced into the model. The 126 
ODEs were then integrated until a new steady-state operating 
condition was reached. The reactor exit temperatures calculated 
by the dynamic model at steady-state were compared to the 
reactor exit temperatures calculated by an independent steady-
state methanator model. The absolute differences (errors) 
between these calculated temperatures are listed in Table 3 for 
various spatial derivative algorithms and perturbations. 
In Set 1 of Table 3, the model was run using all ten 
spatial derivative algorithms available in DSS/2 for a perturba-
tion in the dry-gas feed flow rate into the first reactor. 
Several points should be noted about the results from Set 1. 
20 
I: 
f 
' t ' 
Set 
No. 
1 
2 
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Table 3. Effect of Spatial Derivative Algorithm Used to Calculate aT/aL and a 2T/3L2 
on Numerical Results of Methanation Model 
Absolute Error in Reactor Exit Temperature (K) Standard Spatial Derivative Deviation Perturbation Algorithm Rl R2 R3 R4 RS R6 
Dry gas feed DSS002- 3 pt centered 3.72 1.15 0.79 0.73 3.61 4.98 3.3 into Reactor DSS004- 5 pt centered 1.97 0.39 0.28 0.24 1.39 1.70 1.3 1 cut by 50% 
(equal to DSS006- 7 pt centered 11.71 2.08 9.23 18.76 7.62 0.27 11.3 20% total DSS008- 9 pt centered 113.39 137.15 132.80 235.53 165.16 446.05 257 reduction of 
dry gas into DSSOl0-11 pt centered 163.73 149.84 172.36 67.39 18.23 96.02 136 bulk meth- DSS012- 2 pt upwind 18.61 11.41 9.46 10.31 24.77 28.26 20.4 anation 
plant) DSS014- 3 pt upwind 4.87 0.87 0.41 0.32 0.17 0.39 2.2 
DSS016- 4 pt upwind 1.25 0.42 0.31 0.24 2.44 3.34 2.0 
DSS018- 4 pt biased 0.45 0.27 0.24 0.22 1.52 1.97 1.2 
DSS020- 5 pt biased 1.19 0.37 0.28 0.25 1.60 2.02 1.3 
Startup DSS002- 3 pt centered 3.26 1.00 0.66 0.75 6.08 22.84 10.7 (Entire DSS004- 5 pt centered 1.84 0.52 0.35 0.44 3.76 17.02 7.9 reactor at 
feed DSS012- 2 pt upwind 14.27 7.21 5.43 5.20 18.46 46.24 23.6 temperature; DSS014- 3 pt upwind 0.84 0.08 0.05 0.20 2.33 15.41 7.0 feed 
introduced) DSS016- 4 pt upwind 2.65 0.74 0.48 0.57 5.64 21.95 10.2 
DSS018- 4 pt biased 1.91 0.53 0.36 0.45 3.86 17.63 8.1 
DSS020- 5 pt biased 1.99 0.56 0.37 0.46 4.13 17.97 8.3 
-- -- . - . - ·---
(1) Centered finite-difference algorithms using more than 
five points (DSS006, DSS008, and DSS010) do not work well for 
approximating spatial derivatives in flow-through reactors. 
Erratic temperature profiles developed in the reactors during 
these simulations. These results are in direct contrast to 
results obtained earlier for differentiation of a smooth sine 
wave function (20). In that work, it was concluded that the 
use of higher-point approximations is highly advantageous. 
Thus, it appears that the use of smooth functions to test 
spatial derivative algorithms is not a good indication of how 
these algorithms will perform in dynamic models. 
(2) With the exception of DSS012, the upwind and biased 
finite-difference algorithms give excellent results. These 
algorithms are designed for the modeling of process units with 
a pronounced convective (flow-through) characteristic. Plug-
flow and near-plug-flow reactors such as the bulk methanators 
exhibit this. strong convective characteristic. Thus~ the 
performance of upwind and biased finite-difference algorithms 
in the methanation model was excellent as expected. 
(3) The use of the two-point upwind finite-difference 
algorithm DSS012 is equivalent to the popular "stirred-tank" 
approximation commonly used in models of chemical processes. 
When DSS012 is used to approximate the spatial derivatives at 
each reactor grid point, a flow-through reactor model is 
essentially converted into a series of stirred tanks, one tank 
for each reactor grid point. Results from both sets of data 
from Table 3 clearly show that this commonly used approximation 
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is inferior to higher order upwind and biased spatial derivative 
algorithms. 
To determine the best spatial derivative algorithm for use 
in the methanation model, several tests using harsher perturba-
tions in operating conditions were run using the leading 
algorithms from Set 1. The results of Set 2 are representative 
of these tests. In this test, the harsh startup procedure of 
the methanators described in Chapter 6 is simulated. The data 
of Set 2 show that the three-point upwind spatial derivative 
algorithm (DSS014) gives the best simulation results under 
harsh operating conditions. Thus, DSS014 was chosen as the 
spatial derivative algorithm for further use in the methanation 
reactor models. 
Initially, the integration of the 126-0DE six-reactor 
methanation model using the GEARB integrator was numerically 
unstable. GEARB is a variable-order, variable-stepsize, 
implicit integrator that automatically adjusts the step size to 
achieve the desired accuracy in the numerical solution. Insta-
bility occurred during the initial integration steps when GEARB, 
reacting to calculated errors that were less than the specified 
error tolerance, automatically increased its step size by an 
order of magnitude. This large step was unsuccessful, causing 
large positive and/or negative temperature excursions that led 
to fatal errors in subsequent thermodynamic calculations before 
GEARB could attempt recovery. To prevent the large temperature 
excursions, upper and lower temperature limits at each reactor 
grid point were set. The lower temperature limit was set at 
23 
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10 K0 below the reactor inlet temperature. The upper tempera-
ture limit was set at 1500 K. If either of these temperature 
limits was exceeded, the temperature _at that grid point was 
reset to the limit value and the time derivative was zeroed 
until the temperature recovered. The values of the temperature 
limits do not affect the solution; the limits simply prevent 
subsequent fatal errors and allow GEARB to recover successfully 
and to readjust the step size to a value such that the 
specified error tolerance can be met. 
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4. HEAT EXCHANGER MODEL 
Work with a single methanation reactor model indicated 
that the feed gas temperature is not critical to the dynamic 
behavior of a reactor as long as the feed gas is above the 
ignition temperature of the reactions. For this reason, it was 
concluded that detailed dynamic models for the interstage heat 
exchangers were not needed; a low-order lumped-parameter model 
would adequately describe their dynamics. 
The process gas exiting each methanation reactor is cooled 
before being fed into the next reactor by passing it through 
heat-exchange equipment which produces high-pressure steam. 
The heat exchangers following reactors 5 and 6 (see Figure 1) 
are feedwater preheaters; whereas, waste-heat boilers follow 
the first four reactors. 
The feedwater preheaters are assumed to be spiral-coil, 
water-in-tube exchangers as recommended by Foust (7). Their 
dynamics were modeled using a fourth-order lumped-parameter 
model. (See Figure 2.) The water is divided into three equal 
volumes, each at a different uniform temperature. The gas on 
the shell-side is a single volume at a constant temperature. 
Heat flows from the gas volume to each lumped water volume. 
There is also an internal water flow between water volumes. 
The mass and energy balances for a given volume are 
Energy (9) 
Mass (10) 
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Combining these two equations gives the following general ODE 
for the energy balance of a volume. 
¥t = < 1 - 1 [m (H - H. ) - a] Vo) (psys> (Cpsys> fs -out -in (11) 
• 
where Q = UA(T - T ) gas water ( 12) 
This energy ODE describes the temperature response of both gaf1 
and water volumes in the feedwater preheater models. Thus, 
each preheater is described by four ODEs. 
The four high-pressure waste-heat boilers are identical in 
their coding. Each boiler is a spiral-coil, water-in-tube 
exchanger. A lumped-parameter model, in which the gas is 
divided into four equal volumes, each of which transfers heat 
to the boiling water, is used to simulate the dynamics of the 
boilers (see Figure 3). The water is assumed to be at its 
saturation temperature upon entering the waste-heat boiler. 
Thus, the amount of saturated steam produced in the boiler is 
controlled by the amount of heat transferred to the saturated 
water, and the water flow rate has no effect on the overall 
heat-transfer rate. 
The general energy balance for each volume in the waste-
heat boiler is identical to Equation 11 developed for the feed-
water preheaters. Thus, four ODEs were used to model the 
dynamic temperature response of each waste-heat boiler. 
The temperature of the feed ga·s to each reactor is 
controlled by bypassing part of the hot process gas around the 
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heat exchanger and mixing this hot stream with the cooled 
process gas (see Figure 4.) The temperature controller is a 
proportional-only controller, giving a steady-state error in the 
feed gas temperature under perturbed operating conditions. This 
error is not significant because the feed gas temperature is not 
critical to the behavior of a reactor as long as the feed gas 
temperature is above the ignition temperature of the reactions. 
After ignition, the exothermic methanation and shift reactions 
insure that the reactor temperature will increase rapidly. 
Values for the heat exchanger equipment parameters are 
given in Table 4. The sizes of the waste-heat boilers and 
feedwater preheaters were calculated based on the steady-state 
design gas flow rates given by Reklaitis, et al. (21), and the 
reactor feed temperatures given in the ACS monograph (6). To 
achieve good control characteristics, the heat exchangers were 
designed so that some hot gas bypasses the heat exchangers at 
the steady-state design conditions. The high UA value for heat 
exchanger 4 is a result of the largest heat load and the small 
temperature driving force between the gas and steam-water 
stream. The small driving force is the result of the process 
specification of 589 K for the gas inlet temperature to reactor 5 
compared to the water boiling temperature of 587 Kat 1500 psig. 
It does not seem that the inlet temperature of 589 K to reactor 5 
is crucial to the process; thus, it could be allowed to increase 
somewhat. 'If it was allowed to increase to 610 K, the UA value 
for heat exchanger 4 would be reduced by about 60%. 
The control settings for the hot-gas bypass flow controllers 
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Table 4. Heat Exchanger Design Parameters 
Heat 
Exchanger Function 
1 Boiler 
2 Boiler 
3 Boiler 
4 Boiler 
5 Preheater 
6 Preheater 
Fraction of 
Hot Gas 
Through HE 
At Design 
Conditions 
0.80 
0.80 
0.80 
1.00 
0.90 
0.80 
Exchanger 
Transfer 
Effectiveness 
(BTU ) 
hr K 
332,430 
435,870 
581,650 
6,526,000 
2,938,800 
1,991,600 
30 
Shellside 
Volume 
(ft3) 
155 
155 
155 
730 
135 
135 
Tubeside 
Volume 
(ft3) 
82 
82 
82 
290 
40 
40 
,; 
l 
on the interstage waste-heat boilers and feedwater preheaters 
in the bulk methanation model have been calculated using the 
Ziegler-Nichols method. Briefly, the method consists of 
finding the value of controller gain Kc for a proportional-only 
controller at which the control loop is at the limit of sta-
bility. This value of the controller gain is called the 
ultimate gain Ku. The Ziegler-Nichols controller gain (KZN) for 
a proportional-only controller is 
( 13) 
The ultimate gain Ku was calculated for each interstage 
heat exchanger by examining the eigenvalues of the Jacobian 
matrix of a stand-alone four-ODE heat exchanger model with 
bypass flow control. For stable operation of a control loop, 
the eigenvalues of the Jacobian matrix must all be negative. 
The controller gain is increased until one eigenvalue becomes 
positive, indicating an unstable control loop. The controller 
gain at this point is the ultimate gain K • Once K had been u u 
calculated, the Ziegler-Nichols settings were calculated using 
Equation 13. 
It was found that the controllers set to the Ziegler-
Nichols settings did not control the reactor feed temperature 
satisfactorily under some perturbed operating conditions. When 
the overall dry gas feed flow rate into the bulk methanation 
system was reduced by 20%, the temperature of the reactor gas 
feeds oscillated quite severely for a period of time. (See 
Figure S.) Thus, the controller gains were reduced until smooth 
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control was obtained for several perturbed operating conditions. 
The final design control settings (KGAIN) as well as the ulti-
mate gain (Ku) and the Ziegler-Nichols settings (KZN) for each 
exchanger are listed in Table 5. 
An additional controller would be required in the actual 
plant. In the water loop a steam separation drum follows the 
boiler. The level in the separator would be maintained by a 
level controller which would reset the flow rate of the feed-
water makeup. This latter controller is not included in the 
waste-heat boiler model. If one assumes that the water side 
of the boiler is at the saturation temperature and that the 
overall heat-transfer rate is unaffected by water-side mass flow 
rate, the water-steam dynamics are uncoupled from the process 
gas dynamics. For the individual boilers this assumption is 
reasonable. Even if the entering water is below the saturation 
temperature, the heat required to raise the water to saturation 
temperature is only 0.16% per degree of the heat required to 
vaporize the water. This assumption is violated if an attempt 
is made to simulate startup of the heat exchanger. Barring 
startup, the constant-sink-temperature assumption decouples the 
water-side dynamics from the process gas dynamic behavior. 
For the methanation unit simulation as a whole it is 
assumed that there is no dynamic coupling between steam genera-
tion in the waste-heat boilers and the process steam injected 
into the first methanation reactor. 
Finally, there is the possibility of dynamic coupling 
between the feedwater and process gas in the preheaters. As 
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Table 5. Control Settings for Heat Exchangers 
Heat Exchanger and Type 
1 - Boiler 
2 - Boiler 
3 - Boiler 
4 - Boiler 
5 - Preheater 
6 - Preheater 
K 
u 
0.00667 
0.00760 
0.00773 
0.14260 
0.00993 
0.01408 
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0.00334 
0.00380 
0.00386 
0.07130 
0.00496 
0.00704 
0.00250 
0.00250 
0.00250 
0.05000 
0.00300 
0.00300 
,, 
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steam generation varies, the feedwater consumption varies, and 
the feedwater flow rate in the preheaters should vary. In the 
model, the feedwater flow rate and supply temperature are held 
at their steady-state values. Variable preheater flow rates 
would require calculation of the instantaneous steam generation 
rates in the four boilers, the level variations in the four 
separators, the dynamic behavior of the four level-cascaded-to-
flow controllers, and the makeup-water flow rate for each 
boiler. The overall objectives do not warrant the inclusion of 
feedwater variation. 
When the heat exchanger models were added to the reactor 
models, it was found that temperature limits had to be set for 
the gas and water streams in the heat exchangers. For the gas 
streams, lower and upper limits of 200 Kand 1500 K were 
arbitrarily chosen. For the water streams, lower and upper 
limits of 290 Kand 600 K were selected. As with the tempera-
ture limits in the reactor model, the values for the limits 
had no effect on the numerical solution. The limits were set 
only to prevent large and fatal temperature excursions before 
the integrator could recover from an ill-chosen large step size. 
35 
5. NUMERICAL METHODS 
The sets of ODEs developed for the reactor and heat ex-
changer models were integrated through time using DSS/2 (Differ-
ential Systems Simulator, Version 2). DSS/2 is a transportable 
FORTRAN-IV general-purpose dynamic simulator code developed by 
Schiesser (22,23) which integrates a set of ODEs and PDEs using 
the numerical method of lines. Spatial derivatives that arise 
in PDE problems can be approximated using centered, directional 
(upwind), or biased finite differences with a varying number of 
points (DSS002-DSS020). For the bulk methanation reactor model, 
the three-point upwind finite-difference algorithm (DSS014) was 
chosen to approximate the first and second spatial temperature 
derivatives. 
Temporal integrators available in DSS/2 include a variety 
of variable-stepsize, fixed-order, explicit Runge-Kutta algo-
rithms and the variable-order, variable-stepsize, implicit GEARB 
integrator developed by Gear and extended by Hindmarsh (24). 
For implicit integration, the GEARB option implemented in DSS/2 
replaces the full Jacobian matrix with its main diagonal only. 
This approximation has worked successfully with a specification 
of a maximum relative error of 0.0001 per step. A fourth-order 
Runga-Kutta algorithm (DSS/2 option 8) was used for explicit 
integration of non-stiff models. 
The fractional conversion ODEs of the reactor model were 
spatially integrated for a given temperature profile using 
subroutine INTALL, a modified, fixed-step, explicit Euler 
36 
algorithm that uses information available at the reactor's 
spatial grid points. 
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6. ILLUSTRATIONS OF USE OF BULK METHANATIO~ MODEL 
The dynamic bulk methanation model consists of six bulk 
methanation reactor models, four waste-heat boiler models, and 
two feedwater preheater models combined in accordance with the 
RMProcess flow sheet (Figure 1). The reactor was divided into 
21 spatial grid points, yielding 21 ODEs per reactor model. 
When combined with the four-ODE heat exchanger models, the 
entire dynamic bulk methanation model consists of 150 ODEs. 
A listing of the 150-0DE model and detailed numerical 
results for one dynamic simulation are given in Manual DOEl 
entitled "RMP Bulk Methanation Model with Interstage Cooling" 
(see Appendix C). For this dynamic simulation, the initial 
conditions were set at the temperatures and fractional conver-
sions of CO calculated by an independent steady-state program 
for the design flow rates developed by Purdue University (21). 
At time zero, the model was perturbed by cutting the dry-gas 
feed stream into the first reactor by one-half (a 20% reduction 
of the total dry-gas feed to the entire plant). The steam flow 
rate and the feed temperature to the first reactor were held 
constant. The model was temporally integrated using the impli-
cit integrator GEARB (DSS/2 option 15). 
The reactor exit temperatures are shown in Figure 6. The 
decrease in the dry-gas feed into the first reactor causes a 
decrease in the exit temperature in all six reactors. However, 
the first and last reactors exhibit the greatest decrease in 
exit temperature while the middle reactors are only slightly 
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perturbed. The exit temperature of the sixth reactor also 
oscillates as it approaches its new steady-state operating 
condition. 
The dynamic temperature profiles of the first reactor are 
shown in Figure 7. (Note that the figure is plotted as tempera-
ture vs. reactor depth with time as a parameter in hours.) The 
temperature profile at the initial condition of full feed to 
the reactor is shown at time zero. The temperature profile 
marked "STEADY STATE" was calculated by an independent steady-
state methanator program. The temperature profiles from the 
dynamic simulation converge to a new steady-state at 0.14 hour 
that agrees very well with the independently calculated steady-
state profile. Note also that points near the reactor feed 
entrance move more rapidly to their new steady-state values than 
do points close to the reactor exit. 
Temperature profiles and component flow rates calculated 
by this simulation for other units in the bulk methanation plant 
can be obtained from the numerical output in Manual DOEl in 
Appendix C. 
The dynamic. methanator model can also simulate transient 
operating conditions that occur during startup of the unit. 
Figure 8 shows the temperature profiles of the six methanation 
reactors for a possible startup procedure. The initial tempera-
ture profile of each reactor is set equal to its feed temperature 
for its entire length. (This could be done by heating the 
reactor with a hot inert gas.) At time zero, the full feed 
flow rates of dry gas and steam are "turned on". While this 
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startup procedure may not be realistic (the feed would probably 
be introduced slowly at first and increased to the design flow 
rate in several steps), it is a harsh perturbation for the 
model and integrator. For this simulation, the heat exchanger 
models were removed and the feed temperature to each reactor 
was held constant. The temperature profiles of the reactors 
are plotted against the accumulated reactor depth. Time goes 
into the figure along a 45° line as illustrated at the origin 
of the graph. The series of humps are the temperature profiles 
as time increases. Note that the ordinate shifts upward and 
the abscissa shifts toward the right with each time step. Thus, 
the temperature profile for the first reactor at 0.20 hour does 
not start at 890 K, but at 755 K as do all other temperature 
profiles for reactor 1. The last temperature profile is the 
steady~state profile calculated by an independent steady-state 
methanator program. The agreement between the steady-state 
temperature profile and the dynamic temperature profiles at 
0.20 hour and times longer is again excellent. A more quantita-
tive comparison of the reactor exit temperatures and CO and CH4 
flow rates between the steady-state calculated by the dynamic 
model and the independently calculated steady-state results is 
given in Table 6. 
Dynamic simulation of upset operating conditions can 
reveal transient responses of the unit that can have a signifi-
cant effect on the unit's design. One such simulation illus-
trating the benefits of a dynamic model is given below using 
the 126-0DE reactors-only model. 
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Table 6. Verification of Steady-State Condition Calculated 
. 
by Dynamic Model 
.Reactor 
1 2 3 4 5 6 
Reactor Exit Temperature 
(K) 
Steady-state 1031.8 1025.2 1018.1 967.1 842.1 675.6 
Dynamic 1033.9 1025.4 1018.2 967.2 841.6 674.6 
Reactor Exit Composition 
co 
CH 4 
(Mole %) 
Steady-state 7.66 10.28 12.10 8.41 3.43 0.65 
Dynamic 7.64 10.27 12.10 8.41 3.41 0.64 
Steady-state 6.05 9.43 12.47 15.92 22.39 26.44 
Dynamic 6.10 9.46 12.48 15.92 22.43 26.48 
Note: Temperatures and compositions calculated by dynamic 
model are at 0.20 hr. 
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The methanation system initially is at steady-state for 
the Purdue design flow rates (21). At time equal to zero hours, 
the large flow rate of steam into the first reactor is cut off 
completely; then, the steam is restored three minutes later 
(0.05 hours). What effect does this disturbance have on the 
methanation system? 
Using just the steady-state methanator program, the steady-
state temperature profiles in the reactors were calculated for 
the upset operating condition. They are shown for the first 
reactor in Figure 9. Note that the steady-state program pre-
dicts a sharp rise of the exit gas temperature to 1200 K. 
The transient behavior of the methanation system caused by 
the interruption of steam can only be calculated using the 
dynamic program. The dynamic temperature response for selected 
points in the first reactor is shown in Figure 10. The points 
are plotted parametrically as a fraction of the total length of 
the reactor. Several results should be noted about the transient 
response of the reactor. 
(1) A hot spot develops in the reactor. (See O.lL trace.) 
The temperature at 0.4L quickly exceeds the reactor exit 
temperature (l.OL). 
(2) Points near the entrance of the reactor respond 
quickly to the interruption and restoration of the steam flow 
rate. However, points further down the reactor do not respond 
as quickly. For example, the reactor exit temperature peaks at 
0.105 hour before returning to its steady-state temperature • 
• ("3) The maximum temperature reached during the transient 
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response is 1236 K. This temperature is 36 K0 greater than 
predicted by the steady-state program, a difference that could 
be a crucial factor in the design of the reactor or the 
selection of a catalyst. 
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7. EFFECT OF HEAT EXCHANGERS AND CONTROLS ON NUMERICAL 
INTEGRATION EFFICIENCY OF BULK METHANATION MODEL 
The 126-0DE six-reactor methanation model without heat 
exchangers and controls does not constitute a stiff system. The 
model has been successfully executed using both the implicit 
GEARB integration algorithm with the main diagonal approximation 
for the Jacobian matrix and a fourth-order explicit integration 
algorithm provided in DSS/2 (option 8). As expected for non-
stiff systems, the execution time using DSS/2 option 8 is 
considerably less (45%) than for the implicit GEARB algorithm 
(see Table 7). Thus, explicit integration algorithms should be 
used whenever possible for nonstiff systems of ODEs. 
The addition of the heat exchanger differential equations 
without the algebraic controller equations increases the total 
number of ODEs in the model to 150. A slight increase of execu-
tion time would be expected due to the numerical increase in the 
ODEs being integrated. However, it was observed that the addi-
tion of the heat exchanger differential equations considerably 
stiffened the set of ODEs. The 150-0DE methanator model cannot 
be executed successfully using an explicit integration algorithm 
unless a prohibitively small integration step size is specified. 
The implicit GEARB integration algorithm, designed to handle 
stiff systems of ODEs, does successfully integrate the 150-0DE 
methanator model, but only with the cost of increased computa-
tional effort and execution time (see Table 7). Experiments 
with a stand-alone dynamic heat exchanger model indicated that 
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Table 7. 
Program No. of ODES 
Six Reactors 126 
Six Reactors 126 
Six Reactors 150 
with Heat 
Exchangers 
Six Reactors 150 
with Heat 
Exchangers 
and Controls 
Comparison of Computational Effort of Dynamic 
Methanator Models 
No. of No. of No. of 
Integration Derivative Jacobian 
Integrator Steps Evaluations Evaluations 
DSS Option 8 NA NA NA 
(4th-order 
explicit) 
GEARB 404 1287 311 
I 
GEARB 1038 3482 831 
GEARB 2173 6652 1532 
NA - Not Available 
Notes: (1) All programs were identically perturbed and run to steady-state 
at 0.30 hours. 
(2) Execution time is for CDC 6400 computer at Lehigh University. 
,, 
-=- -
Execution 
Time (sec) 
331 
596 
1747 
3375 
I, 
the temperature response of the heat exchanger model to a per-
turbation was several orders of magnitude faster than the tem-
perature response of the stand-alone· methanation reactor model. 
Conclusive evidence was obtained by calculating the eigenvalues 
of the Jacobian matrix of both models at their initial condi-
tions. The stiffness ratio, defined below as, 
max IRe >-I 
Stiffness ratio= (14) 
min IRe >-I 
increased by two orders of magnitude with the addition of the 
heat exchanger ODEs to the methanation model (see Table 8). 
Thus, addition of the heat exchanger models without controllers 
considerably stiffened the model's system of differential 
equations. 
The addition of proportional-only controllers to regulate 
the temperature of the feed gas to each reactor only adds a few 
simple algebraic equations to the model. No significant in-
crease in computational effort or execution time of the 150-0DE 
model with controllers when compared to the 150-0DE model with-
out controllers was expected. However, the results show that 
the addition of controllers (with controller gains set to values 
of KGAIN given in Table 5) doubled the computational effort and 
execution time, when compared to the methanator model with heat 
exchangers but without controls (see Table 7). 
Some earlier work (25) dealing with the control of a series 
of three continuous stirred-tank reactors indicated that 
controller equations and the selection of the controller settings 
51 
... ··---· ..... ~··-.. ft·---""""·---· 
i' 
Table 8. Stiffness Ratios of Methanation Model ODEs 
Program No. of ODES Time (hr) Stiffness Ratio 
Six Reactors 126 0.0 4.9 
Six Reactors with 150 0.0 391 
Heat Exchangers 
0.0005 396 
0.050 396 
Six Reactors with 150 0.0005 329 
Heat Exchangers 
and Controllers 0.050 326 
,' I : ,', 
• ' I 
I! i i I I \ ', 
'. , .. \' i' 
r 
) 
can stiffen a set of ODEs and have a detrimental impact on the 
numerical integration of a model. However, an examination of 
the eigenvalues of the Jacobian matrix and the .associated stiff-
ness ratio at various times during the integration of the bulk 
methanation models with and without controls clearly indicates 
that the controller equations did not stiffen the model (see 
Table 8). 
To explain the detrimental impact of the controller equa-
tions, the Jacobian matrix of the models must be examined. By 
definition, the Jacobian is a nxn matrix where the entry for the 
. th d .th l . . b 1~ row an J~ co umn is given y 
a .. = 
1] 
af. 
1 
ax. 
J 
where = value of Jacobian matrix for 
.th d .th l 1~ row an J~ co umn 
a .. 
1] 
( 15) 
f. = derivative of ith dependent variable 
1 
X, 
J 
= jth dependent variable 
The partial derivative af./ax. can be approximated by perturbing 
1 J 
the independent variable x., and calculating the resultant 
J 
change in fi. This approximation improves as the size of the 
perturbation for the independent variable is decreased. 
af. 
1 -
ax. -
J 
~f. 
lim 1 
~x.-+O ~x. 
J J 
( 16) 
For this work, ~xj was set equal to O.OOOl*xj. After each entry 
of the Jacobian is independently calculated, a map of the matrix 
53 
, 
;, ,/ .. 
is created. A single number indicating the order of magnitude 
of each entry of the Jacobian is printed at the entry's position 
in the matrix map according to the criteria given in Table 9. 
Maps of the Jacobian matrix for the methanation model with 
and without controllers are shown in Figures 11 and 12. A 
comparison of the maps shows that the addition of the controller 
equations adds large off-diagonal elements to columns 26, 51, 
76, and 101. These columns correspond to the gas feed tempera-
ture of reactors 2, 3, 4, and 5, respectively. A perturbation 
in the gas feed temperature to a reactor alters the preceeding 
heat exchanger controller's output signal. The amount of gas 
bypassing the heat exchanger is changed, causing significant 
perturbations to that heat exchanger's ODEs and the subsequent 
large off-diagonal elements in the Jacobian matrix. The 
addition of these large off-diagonal elements decreased the 
efficiency of the main-diagonal approximation for the Jacobian 
matrix used in the implicit GEARB integrator available in DSS/2. 
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Table 9. Definition of Order-of-Magnitude Numbers Used in 
the Jacobian Maps for the Methanation Model 
a., < 10-5 blank is printed 1] -
10-5 < a .. < 10-4 0 is printed 1] -
10-4 < a .. < 10-3 1 is printed 1] -
10-3 < a .. < 10-2 2 is printed 
l] -
10-2 < a .. < 10-1 3 is printed 1] -
10-1 < a .. < 1 4 is printed 1] -
1 < a .. < 10 5 is printed 1] -
10 < a .. < 102 6 is printed 1] -
102 < a .. < 103 7 is printed 1] -
103 < a .. < 104 8 is printed 1] -
a .. 1] > 10
4 9 is printed 
Note: a .. = entry in Jacobian matrix 1] 
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8. CONCLUSIONS 
(1) The development of large-scale dynamic models requires 
considerable engineering judgment and numerical experimentation 
until a practical version is achieved. The material balance 
PDEs were converted to spatial ODEs using the quasi-steady-state 
assumption in order to reduce the number of ODEs per reactor 
model and to decrease the stiffness ratio of the model's ODEs. 
Constraints were needed to prevent large excursions of computed 
temperature and composition variables during the initial time 
steps of integration. The number of spatial grid points was 
optimized in terms of computational effort and accuracy of the 
computed solution. Thus, it is believed that the implementation 
of a universal temporal integrator which will automatically 
produce a solution of required accuracy with a reasonable com-
putational effort is not realistic. 
(2) The use of smooth, stationary functions, such as sine 
waves, to test spatial derivative algorithms for use in dynamic 
PDE models with a pronounced convective characteristic is not 
recommended. Centered finite-difference algorithms using more 
than five points gave excellent results in the sine wave tests, 
but did poorly in the dynamic methanation reactor model. 
(3) Based on the experience with the methanation reactor 
model, upwind and biased finite-difference algorithms are 
recommended for use in the dynamic modeling of plug-flow or 
near-plug-flow units. A three-point upwind finite-difference 
algorithm (DSS014) was chosen for use in the methanation 
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reactor model. 
(4) The two-point upwind finite-difference algorithm 
(DSS012), equivalent to converting a flow-through unit into a 
series of stirred tanks with one tank for each spatial grid 
point, is inferior to higher order upwind and biased spatial 
derivative algorithms. 
(5) The addition of new process unit models or seemingly 
small changes to existing unit models can have a significant 
effect on the efficiency and stability of the dynamic process 
model. The addition of low-order heat exchanger units to the 
bulk methanation model stiffened the set of ODEs, changing the 
optimum choice of the temporal integrator. Algebraic controller 
equations added to the heat exchanger models added large off-
diagonal elements to the Jacobian matrix of the model's ODEs, 
decreasing the efficiency of the main-diagonal approximation 
for the Jacobian matrix used in the implicit temporal integrator. 
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Appendix A - Development of Energy and Material Balance 
Partial Differential Equations 
Consiper a differential volume dV in a plug-flow tubular 
reactor. 
F.· , 
1,1n 
Let 
0 
xl 
x2 
= fractional 
reaction 
= fractional 
reaction 
z 
av 
F.+dF. 1 1 
~\....,j_,...J-,~~~Xl+dXl 
z+dz 
x2+ax2 
H+dH 
conversion of CO by the 
CO+ 3H2 = CH4 + H20 
conversion of CO by the 
CO+ H20 =CO2 + H2 
L 
methanation 
shift 
Methanation Reaction PDE 
Consider the material balance of CH4 for volume dV. 
Input - Output+ Production by = Accumulation 
Chemical Reaction 
Input at z 
Output at z+dz 
Production by 
Chemical Reaction 
Accumulation 
FCH4,in + FCO,inxl 
FCH
4
,in + FCO,in(Xl + dXl) 
(rcH > av 
4 
e ( d:~H4) dV 
Substituting these expressions into Equation A-1 gives 
60 
(A-1) 
(A-2) 
11 
,i 
~ . --~~---· 
Assuming ideal gas, the concentration of CH4 at any length z 
i~ the reactor is 
NCH N N 
4 CH4 _ p CH4 
= V- = _,N __ T_O_T-=R-T- - RT NTOT 
p 
(A-3) 
Note that the number of moles of CH4 and total moles at length z 
can be expressed in terms of the inlet flow rates. 
N =N . +N X CH4 CH4,in CO,in 1 
NTOT = NTOT,in - 2Nco,inxl 
Substituting Equations A-4 and A-5 into Equation A-3 and 
dividing both numerator and denominator by NCO . gives 
,in 
C CH4 = 
P (M+X1 ) 
RT (S-2X1 ) 
where 
N . CH 4,in M=---
NCO,in 
S = NTOT,in 
NCO,in 
Differentiating Equation A-6 with respect to time t gives 
dt 
p 
= RT 
dCCH 
[
(S-2Xl) ( 1) - (M+X1) (-2) J 
(S-2X1)
2 
4 p 
-d.,,..,t- = RT 
Substituting Equation A-7 into Equation A-2 and noting that 
av= A dL gives 
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dL r. S+2M J 
l(S-2Xl) 2 
(A-4) 
(A-5) 
(A-6) 
(A-7) 
! 
I I 
\ ,, 
Dividing by dL, noting that (r )=(-r ) , and solving for CH4 CO,M 
dX1/dt gives the methanation reaction PDE. 
Fco,in (ax1] 
axl A at + <-rco,M> tt = ----=----=.,...,,,.,,.,,---_;;,,,,;;..:__ 
£ L S+2M 
RT (S-2X ) 2 
1 
Shift Reaction PDE 
Consider the material balance of co2 for volume dV. 
Input at z 
Output at z+dz 
Fco2 ,in + FCO,inX2 
Fco2,in + FCO,in(X2 + dX2) 
Production by (rco) av 
Chemical Reaction 2 
Accumulation 
Substituting into Equation A-1 gives 
[aaccto2] av -FCO,indX2 + (rco2)dV = £ 
(A-8) 
(A-9) 
Assuming ideal gas, the concentration of co2 at any length z 
in the reactor is 
(A-10) 
The number of moles of co2 and total moles at length z can be 
expressed in terms of the inlet flows. Note that the total 
number of moles changes due to the methanation reaction only. 
N =N , +N .X CO2 co2,1n C0,1n 2 
NTOT = NTOT,in - 2Nco,inxl 
Substituting Equations A-11 and A-12 into Equation A-10 and 
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(A-11) 
(A-12) 
'1 
~ '' / 
dividing both numerator and denominator by 
Ceo = p (CD+X2) 
2 RT (S-2X1) 
where 
Nco2,in CD==---
NCO,in 
N gives CO,in 
Differentiating Equation A-13 with respect to time t gives 
(A-13) 
(A-14) 
Substituting Equation·A-14 into Equation A-9 and noting that 
dV = A dL and (rc02 ) = (-rco,s) gives 
2 (CD+X2) 
(S-2X1)
2 
dXl] 
dt 
Dividing by dL and solving for ax2/dt gives the shift reaction 
PDE. 
p 1 
£ RT S-2X1 (A-15) 
Energy Balance PDE 
Consider the energy balance for volume dV in a plug-flow, 
adiabatic, catalytic reactor. 
d(mE)sys + 8(H dm)flowing = oQ - ow 
streams 
(A-16) 
The heat flow and work terms are equal to zero. Differentiating 
the first term in Equation A-16 and dividing by dt gives 
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dE . (drn) (drn) (dm) m -+E- +H - -H - =O 
sys dt - dt sys -out dt out -in dt in 
(A-17) 
The system consists of the gas and catalyst in the volume dV. 
Assuming the gas behaves ideally, the mass of the system is 
p 
msys = RT (£ dV) + PBc dV (A-18) 
The catalyst density is assumed to be constant. Differentiating 
Equation A-18 with respect to time gives 
dm 
sys 
dt = (£ dV)(~](dT) RT2 dt V 
(A-19) 
dm For the flowing streams, note that dt = FToT· Assuming ideal gas 
gives 
(A-20) 
Note that for each component 
(H.F.) t - (H.F.). = (H.+dH.) (F.+dF.) - H.F. 
-1 1 OU -1 1 in -1 -1 1 1 -1 1 0 
=H.F.+ H.dF. + F.dH. + d"~F. - H.F. 
-1 1 -1 1 1 -1 ,,iu 1 -1 1 
(H.F.) t - (H.F.). = H.dF, + F.dH. 
-1 1 OU -1 1 in -1 1 1 -1 (J-21) 
Substituting Equations A-18 through A-21 into Equation A-17 gives 
p dE RT(£ dV) -gas 
dt 
dE (-P )(dT) + PBc dV ~at + ~as (£ dV) RT2 dt V 
(A-22) 
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Now consider the molar flow rate of component i, F., at length z. 1 
Fi is a function of the fractional conversions of both reactions, 
temperature, and the initial flow rate into the reactor. 
F , = F
1
. ( x1 , x2 , T, F . . ) 1 1,1n 
If Fi,in is held constant, then 
( aF. ) ( aF. ) dFi = ax~ dxl + ax; ( 
aF.) 
dX2 + aTJ. dT . (A-23) 
Note that 
(A-24) 
where (l = stoichiometric coefficient of component i 
in methanation reaction 
8 = stoichiometric coefficient of component i 
in shift reaction 
Note - a, 8 > 0 component i is product 
a,8 < 0 component i is reactant 
Thus 
aF. 
1 -
-"' - - a Fco · aX1 . ,in 
aF. 
--2:.=BF . ax2 C0,1n 
(A-25) 
aF. 
To obtain an 
volume dV in 
equation for aT1 , consider a mole balance for 
a packed plug-flow tube in which only the temperature 
varies with time. 
Moles In - Moles Out= Accumulation 
dm sys 
dt F . - ( F . +dF . ) 1 1 1 = 
Assuming ideal gas gives 
(y.P) dFi = R:2 
Dividing by dT gives 
(A-26) 
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Substituting Equations A-25 and A-26 into Equation A-23 gives 
yiP (dT) dFi = FCO,in(a dX1 + B dX2) + RT2 (£ dV) dt V (A-27) 
In terms of each component, Equation A-27 becomes 
y p 
dV) ( dT) = 
-FCO,indxl - FCO,indX2 + co (£ ~ dt V 
YH p (~~)v = -JFCO,indXl + FCO,indX2 + _2_ (£ dV) RT2 
YcH p 
dV) ( dT) dFCH = +FCO,indxl + 4 (£ 
4 RT2 dt V (A-28) 
YH OP 
(E dV) (~~lv dFH 0 = +FCO,indXl - FCO,indX2 + 2 
RT2 2 
Yeo P (~~)v dFCO = +FCO,indX2 + 2 (£ dV) RT2 2 
dFN 
2 
YN2p (dT) 
= -2- (£ dV) dt 
RT V 
Substituting Equations A-28 into Equation A-22 and algebraicaJ.ly 
rearranging gives 
p RT(£ dV) d~as + PBc dV d~at + E (£ 
dt dt -gas av)(:E.....) ldT) RT2 dt V 
Note that 
(A-30) · 
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!!co + H - H -2 -H2 ::CO !!ii2o = +l1HRx,S (A-31) 
dH. = Cpi dT (A-32) 
-1 
dE = ry.c .dT (A-33) 
-gas 1 v,1 
d!cat = C dT cat (A-34) 
Substituting Equations A-30 through A-34 into Equation A-29, 
dividing by dV, and algebraically rearranging gives 
Note that 
ry.H. - ry.E. = PV = RT 
1-1 1-1 t 
Ideal gas assumption 
Substituting Equation A-36 i'nto Equation A-35, noting that 
dV = A dL, and algebraically rearranging gives 
(~lv [£ !T (Eyicv,i + R) + PBcccat] + Fc1,in 
ax2] FTOT ( oT) 
+ l1HRx,S aL + A aL ryiCpi = O 
(A-35) 
(A-36) 
(A-37) 
Noting that ryicv,i + R = 2::yiCpi and solving for:~ gives the 
energy balance PDE. 
aT Fco,in 
at= A 
[-6HRx,M (~) - 6HRx,S (~) - F::~n (it) Eyicpi] 
(A-38) 
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Appendix B - Calculation of the Axial Dispersion 
Coefficient (ADISS) 
The energy balance equation developed in Appendix A does 
not consider axial dispersion of energy. When included in the 
analysis of the energy balance for the differential volume dV, 
the generalized energy balance equation is: 
a a a aT (8HRx) (-rRx) (B-1) at (p Cp T) = - a1 (v p Cp T) + aL (p Cp VL a1) 
Rate of Flow of Flow of Energy l 
change of energy in energy in released by 
internal or out of or out of reaction in 
energy of dV due to dV due to dV 
system bulk flow diffusion 
In the analysis of Appendix A, density, heat capacity, and 
velocity were considered constant for volume av. Thus, 
Equation B-1 becomes: 
(B-2) 
The following expressions were derived or assumed in Appendix A. 
(l) (p Cp) sys = (p Cp) gas + (p Cp) catalyst 
p 
= E RT Cp + PBcccat 
(2) 
(3) 
Cp = I:y.Cp, 
1 1 
Fco. dx. 
,in 1 
-rRx,i = ~...;A ___ dL 
Substituting Equations B-3 through B-5 into B-2, noting that 
v p = FTOT/A, and solving for aT/at gives: 
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(B-3) 
(B-4) 
(B-5) 
! ; 
... 
.,, 
., .. ,. 
~... . 
aT 
at= 
F [-llHRx,M [::1] - ~HRx,S [::2] - FTOT [:r] l:yiCpi] 
CO,in FCO,in 
A -------------------.:~-------
p 
E RT l:yicpi + Pacccat 
+ (B-6) 
Note that Equation B-6 is identical to Equation A-38 except that 
a new term for the axial dispersion of energy is now included. 
Thus, the axial dispersion coefficient (ADISS) is defined as: 
ADISS = (B-7) 
The axial dispersion coefficient is a function of temperature, 
component flow rates, and pressure. However, ADISS is assumed 
to be constant in the model since the axial dispersion term is 
small compared to the first term in Equation B-6. 
The calculation of a numerical value for ADISS is based on 
the Purdue flow rates for the inlet to the first reactor (21) 
and the Ralph M. Parson, Inc. pilot plant design wet space 
velocity of 5000 std ft3/ft3 cat/hr (6). 
The numerical value for the diffusion coefficient VL is 
calculated on the expectation that the Peclet number is 
approximately two for turbulent gas flow in a packed bed (13). 
N = 2 Pe for (B-8) 
The design data for the catalyst and reactor and the thermo-
dynamic data for each component in the gas stream are given on 
the next page. 
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Design Data 
Component Flow 
Rates into 
Reactor 1. 
(lb-mole/hr) 
co 5041.2 
H2 6596.0 
CH4 640.8 
H20 14791.6 
N2 48.4 
Total 27118.0 
Reactor Inlet Temperature 
Reactor Inlet Pressure 
755 K 
397 psia 
Catalyst Data 
Size d = 1/4 inch pellets 
p 3 
Bulk Density 
Specific Heat 
Void Fraction 
pBC = 88.0 lb/ft 
C t = 0.258 cal/grn/K 
ca 
E = 0.37 
Reactor Data 
Length L = 18.9 ft 
Diameter D = 11.5 ft 
Cross-sectional Area A= 103.1 ft 2 
Catalyst Volume V = 1949 ft 3 
Therrnodinamic Data 
Critical Critical 
r.blecular r.ble Viscosity Pressure Tanperature 
CcJtp:ment Weight Fraction (cp) (atm} (K) 
co 28 0.1859 0.0345 34.5 132.9 
H2 2 0.2432 0.0165 12.8 33.2 
CH4 16 0.0236 0.0235 45.4 190.6 
H20 18 0.5455 0.0270 217.6 647.1 
N2 28 0.0018 0.0350 33.5 126.2 
Notes - ( 1) Viscosity data from (26) at 755 K. 
(2) Critical property data from (27). 
(3) Heat capacity data from (27) at 755 K. 
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Heat 
capacity 
( cal/gm-nole/K} 
7.511 
7.130 
14.553 
9.157 
7.488 
,, i ,, 
Calculation of Viscosity of Gas Mixture 
For gas mixtures at low pressures and containing less than 
25% hydrogen, Perry (26) gives the following correlation: 
1/2 I:y, µ • (MW. ) 
1 1 1 
I:y. (MW, ) 1/2 
1 1 
µmix= 0~0279 cp 
(B-9) 
The effect of pressure on gas viscosity is given by Perry in 
generalized charts as a function of reduced temperature and 
pressure. 
p = I:y.P . c,mix 1 c,1 (B-10) 
p 
c,mix = 129.4 atm 
T = I:y.T . c,mix 1 c,1 (B-11) 
T 
c,mix = 390.5 K 
PR= p 
p 0.209 = 
c,mix 
TR 
T 1.93 = = T . c,mix 
From Figure 3-62 in Perry's (26), the pressure has no effect on 
the gas viscosity. 
Calculation of Gas Density 
Assuming ideal gas 
p = 
p 
RT 
3 p = 0.0272 lb-mole/ft 
Calculation of Molecular Weight of Gas Mixture 
t 
MWmix = I:yiMWi 
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(B-12) 
(B-13) 
MWrnix = 15.94 lb/lb-mole 
Calculation of Gas Velocity Through Reactor 
Inlet S~ace = [Standard Space] [14.7 psiaJ [ T J Velocity Velocity P 273 K 
Inlet Space - 512 ft3/ft3 cat/hr Velocity -
Gas Velocity (v) = [Inlet S~aceJ [VJ Velocity A 
v = 2.69 ft/sec 
Calculation of Heat Capacity of Gas 
Cp = Ey.Cp. 
1 1 
Cp = 8.482 BTU/lb-mole/R 
Calculation of Reynolds Number 
N = dp V p 
Re,p µ 
N = 1296 Re,p 
(B-14) 
(B-15) 
(B-16) 
(B-17) 
Thus, the Reynolds number is greater than 40, and the gas 
flow through the packed bed is turbulent. 
Calculation of Diffusion Coefficient 
Solving for VL gives 
d V 
V = _£_ 
L 2 
VL = 0.02802 ft 2/sec 
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(B-18) 
(B-19) 
. ' 
'i· 
'I 
.i 
',;-·- I ---- -••••• ---•·•- •--- •-·--
/ 
Calculation of the Axial Dispersion Coefficient 
p VL Cp 
ADISS = ------
[o 0212 l.b-nole] [o 02802 ft
2
] [8. 482 cal J [3600 sec] 
• ft 3 • sec gm-nole K hr 
ADISS = ----------------------------
(0.37) [0.0212 ~le] [a.4a2~1e x] + [~~] [o.2sa :1x] [aa.o : 3] 
ADISS 
2 
= 1.02 ft 
sec 
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Appendix C - Computer Listing of the Bulk Methanation Model 
The computer listing of the 150-0DE bulk methanation model 
. 
and detailed numerical results for one dynamic simulation are 
given in Manual DOE! entitled "RMP Bulk Methanation Model with 
Interstage Cooling". In accordance with the guidelines for 
research reports and dissertations published by the Graduate 
School, a copy of this manual is not appended to this research 
report. Instead, a copy of the manual has been placed on file 
with this thesis in the Department of Chemical Engineering in 
Whitaker Laboratory. 
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A 
ADISS 
NOMENCLATURE 
= reactor cross-sectional area, ft 2 
= axial dispersion coefficient, ft 2/hr 
Ccat = specific heat of catalyst, cal/gm/K 
c. 
1 
CD 
Cp 
= 
= 
= 
= 
concentration of component i in reactor, 
lb-mole/ft3 
ratio of moles of co2 to moles of CO at reactor inlet 
heat capacity, BTU/lb-mole/R 
constant volume heat capacity of gas, BTU/lb-mole/R 
= reactor diameter, ft 
= catalyst particle diameter, ft 
E = specific internal energy, BTU/lb-mole 
F = molar flow rate, lb-mole/hr 
H 
KGAIN 
= specific enthalpy, BTU/lb-mole 
= design controller gain 
Ku = ultimate controller gain 
KZN = Ziegler-Nichols controller gain 
K1 = equilibrium constant of methanation reaction 
M 
m 
MW 
N 
= equilibrium constant of shift reaction 
= 
= 
= 
= 
= 
= 
length of reactor, ft 
ratio of moles of CH4 to moles of CO at reactor inlet 
flow rate of flowing stream into or out of given 
volume of heat exchanger, lb-mole/hr 
mass, lb-mole 
molecular weight, lb/lb-mole 
number of moles in given volume of reactor, lb-mole 
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P. 
1 
Q 
R 
r. 
1 
s 
T 
= 
= 
= 
= 
= 
= 
= 
= 
= 
Peclet number 
Reynolds number 
P+essure, psia 
partial pressure of component i, psia 
heat transfer rate for given volume of heat 
exchanger, BTU/hr 
gas constant 
production rate of component i, lb-mole/hr/ft3 
reaction rate of CO by methanation reaction, 
lb-mole/hr/ft3 
reaction rate of CO by shift reaction, 
lb-mole/hr/ft3 
= ratio of total moles to moles of CO at reactor inlet 
= temperature, K 
t = time, hr 
u 
-sys 
UA 
V 
Vol 
w 
= specific internal energy of fluid. in given system 
in heat exchanger, BTU/lb-mole 
= exchanger heat transfer effectiveness, BTU/hr/K 
3 
= volume of reactor, ft 
3 
= volume of given section of heat exchanger, ft 
= work term, BTU 
= fractional conversion of CO by methanation reaction 
x2 = fractional conversion of CO by shift reaction 
y = mole fraction 
z = distance from inlet of reactor, ft 
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Greek and Script Letters 
a. = 
(P ) 3 Kl 
H2 
a = stoichiometric coefficient of component i in 
e:: 
p 
µ 
V 
Subscripts 
methanation reaction 
= stoichiometric coefficient of component i in 
shift reaction 
= 
= 
= 
diffusion coefficient, ft 2/sec 
heat of reaction of methanation reaction, BTU/lb-mole 
heat of reaction of shift reaction, BTU/lb-mole 
= void fraction in catalyst bed 
= 
= 
= 
= 
eigenvalue of Jacobian matrix 
density, lb/ft3 
viscosity, cp 
velocity, ft/sec 
BC = bulk catalyst 
c = critical property 
cat 
fs 
= catalyst 
= flowing stream 
i = component index 
in 
M 
= pertaining to a flowing stream entering a given 
system 
= pertaining to the methanation reaction 
mix = gas mixture 
out = pertaining to a flowing stream exiting a given 
system 
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I 
,I 
'' ii 
!! 
II 
L 
'i 
:-------.. ---·-··-· 
p 
R 
Rx 
s 
sys 
TOT 
V 
-
= particle 
= reduced property 
= reaction 
= pertaining to the shift reaction 
= system 
= total 
= volume 
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